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Highlights
 CO2 capture in non-porous membrane contactors using new amine solvents was evaluated.
 Solvent viscosity significantly affects the performance of the system.
 The mass transfer coefficient decreases with at higher CO2 content in the feed gas.
 Liquid flow rate has limited impact on the membrane contactor performance.
 The liquid boundary layer resistance is significant for highly viscous absorbents.
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Abstract 
New amine blends have shown a promising potential to reduce the energy penalty for CO2 
capture in post combustion, making the deployment of carbon capture technologies one-
step closer. However, their application at the industrial scale is threaten by their high 
volatility. Non-porous membrane contactors offer a viable solution to properly control 
amine emissions from these absorbents. In the present work, the CO2 capture performance 
of non-porous membrane contactors using new amine blends as liquid phase was 
investigated in a temperature range typical for the absorption step (25 to 60 °C). Different 
amine blends with promising features in terms of cycling capacity and regeneration energy 
requirement were selected as liquid absorbents. Thin composite membranes fabricated by 
coating a perfluoropolymer on the top of a porous polypropylene layer were used as the 
interface between the gas and the liquid. At room temperature, membrane contactors using 
new absorbents exhibit a lower CO2 mass transfer coefficient compared to the benchmark 
(30 wt% MEA), possibly due to the high viscosity of these liquids. The modelling analysis 
suggests that the liquid boundary layer dominates the mass transfer resistance in the 
temperature range up to 40 °C, but at higher temperatures, the decrease of the solvent 
viscosity makes the mass transfer dominated by the membrane phase. Interestingly, the 
new amine blends show better performance compared to the benchmark at higher CO2 
concentrations in feed gas, highlighting a good potential to capture CO2 from concentrated 
flue gas from steel/cement industry or to upgrade biogas.
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Graphical Abstract
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Abbreviations
3D3M = 3M DEEA 3M MAPA;
3DEAPD2M = 3M DEAPD 2M MAPA;
3HEPP2M = 3M HEPP 2M MAPA;
AF2400 = DuPontTM Teflon® AF2400 resin;
DEA-PD = 3-(diethylamino)-1,2-propanediol;
DEEA = diethylethanolamine;
HEPP = 1-(2-hydroxyethyl)pyrrolidine;
MAPA = 3-(methylamino)propylamine;
MEA = monoethanolamine;
PP = polypropylene.
  
1. Introduction
Upon the signing of the Paris agreement by 195 countries, actions are expected from 
policymakers in order to reduce the greenhouse gases emissions and hold the temperature 
raise of the planet within 2 °C [1]. Importance on short-term solutions becomes even more 
important since the 2 °C scenario does not account for regional (dry and humid lands) 
differences, and possibly a more drastic reduction in emissions would be required in the 
immediate future [2,3]. If environmental-friendly development and sustainable design of 
anthropogenic processes can be pursued as long-term mitigation actions, carbon capture 
and storage (CCS) is the most suitable short-term approach to reduce CO2 emissions. Among 
available CO2 capture solutions (amine-based absorption, solid adsorbents and membrane 
technology), amine-based absorption is the most mature and effective technology, 
especially for post-combustion applications. However, the high energy penalty associated to 
the regeneration step of traditional absorbents has driven a continuous research to improve 
the absorbent performance and make the capture step in post combustion applications 
more economically feasible [4]. 
In amine-based absorption process, the CO2 is absorbed in the liquid phase via a chemical 
mechanism. For primary and secondary amines, the reaction mechanism leads to the 
formation of carbamate, whereas tertiary amines cannot form carbamate but simply act as 
proton acceptors to form bicarbonate species [5,6]. In the last decades, several types of 
amines have been investigated for CO2 absorption process, aiming at improving the CO2 
absorption capacity and reducing the heat of absorption of traditional absorbents [7]. A 
recent publication [8] reviewed more than 130 amine-based solvents reported in literature. 
Although it was not possible to identify one specific solvent with superior characteristics, 
  
several amines showed significantly better performance compared to MEA. A promising 
approach is offered by amine blends, which exploit the fast kinetics associated to 
primary/secondary amines and the larger sorption capacity and low heat of absorption 
related to tertiary/sterically hindered amines [5,9–11]. In particular, blends containing 3-
(methylamino)propylamine (MAPA) and tertiary amines (referred also as third generation 
solvents) showed much better performance compared to traditional MEA-based solvents, 
both in terms of cyclic capacity and regeneration energy requirements [12,13]. The chemical 
mechanism involved behind the CO2 absorption in this type of blended systems has been 
thoroughly characterized by Perinu et al. [14]. Knuutila et al. [15] reported 3 blends of 
MAPA with different tertiary amines (diethylethanolamine, DEEA; 1-(2-
hydroxyethyl)pyrrolidine, HEPP; 3-(diethylamino)-1,2-propanediol, DEA-PD) showing 30% 
lower reboiler duties (2.5 – 2.6 MJ/kg CO2) and 50% higher cyclic capacity than 30 wt% MEA. 
Thanks to these performances, these absorbents have a great potential to reduce the 
energy penalty associated with the capture step. However, their implementation at the 
industrial scale can be threatened by their volatility [16]: the much larger vapor pressure of 
the amine compounds would lead to larger amine emissions, requiring larger water wash 
systems and possibly causing more serious issues on surroundings of the capture plant [17].
To mitigate the negative effect of high solvent volatility, the use of thin composite 
membrane in membrane contactors have been proposed as a suitable solution [18,19]. 
Fluorinated polymers have been reported to own suitable chemical stability towards various 
amine-based absorbents [18] and to be characterized by a large CO2/amine transport 
selectivity [19]. This latter feature is very attractive to enable the use of highly volatile CO2 
absorbents, as it can allow a substantial reduction of the amine concentration in the gas 
phase leaving the absorber. Advantages of membrane contactors compared to traditional 
  
absorption columns are related to the fact that the gas/liquid interface is fixed and 
independent from the gas and liquid flows, to the smaller footprint due to the larger packing 
density and the easier scalability in view of their modularity [20]. Typically, the presence of 
the membrane is expected to increase the mass transfer resistance with respect to a 
traditional absorption column, but superior performance of membrane contactors in terms 
of mass transfer coefficient have also been reported [21]. In general, porous membranes 
[22–25] are used in membrane contactors to minimize the impact of the membrane on the 
mass transfer resistance, but they usually suffer from pore wetting and the consequent 
increase of mass transfer resistance. Nevertheless, the problem can be prevented by using 
thin composite membranes, since the thin dense layer in contact with the liquid prevents 
penetration of liquid into the pores [26–28]. The use of non-porous membrane contactors 
have been recently reported for both the absorption [29–31] and the desorption [32,33] 
step, and pilot scale investigations [34,35] have also been performed. High free volume 
glassy polymers (e.g., PTMSP, PIM, PMP and Teflon AF) have been used as dense coating, in 
order to minimize the impact of the dense coating on the CO2 mass transfer coefficient. 
Despite the lower CO2 permeability compared to PIM and PTMSP, fluorinated polymers 
showed the best performance in membrane contactor configuration due to their high 
hydrophobicity and the low liquid uptake [29], showing a promising potential in membrane 
contactor applications for CO2 capture from flue gas. However, their investigation in non-
porous membrane contactors has been limited to the use of MEA-based solvents, leaving 
the potential of different amine-based absorbents undiscovered. 
In the present study, the CO2 capture performance of different amine blend absorbents 
(3D3M, 3HEPP2M and 3DEAPD2M) in non-porous membrane contactors was investigated, 
and the results were compared with 30 wt% MEA. Thin composite membranes obtained by 
  
coating a thin dense layer of AF2400 on the top of a porous polypropylene support were 
fabricated and tested in term of transport properties. To properly identify the mass transfer 
resistance associated to the membrane phase, both self-standing and thin composite 
membrane made of Teflon AF2400 were characterized by means of mixed gas permeation 
and membrane contactor tests. Furthermore, the effects of several operating parameters on 
the membrane contactor performance were investigated. The operating temperature was 
controlled between 23 and 60 °C, temperature range typically used in the absorption step. 
The CO2 concentration in the feed gas was changed from 13 to 50 vol% (balance N2) to study 
the effect of CO2 partial pressure, maintaining the overall feed pressure close to 
atmospheric conditions. In view of the results observed experimentally, the influence of the 
liquid flow rate was also investigated, for different operating conditions. Finally, the results 
were analyzed by means of the resistance in series model. The assessment of each 
resistance (gas phase, porous support, dense layer and liquid phase) independently offers 
the possibility to estimate their influence on the overall transport, leading to a better 
understanding of the experimental results. 
2. Experimental
3.1. Materials
DEEA (> 99% purity), MAPA (> 97% purity), DEAPD (> 98% purity), HEPP (> 99% purity)
and monoethanolamine (MEA, > 98% purity) were purchased from Sigma Aldrich. All the 
solvents were used with no further purification. Deionized water was used for the 
preparation of the absorbent mixture. Teflon® AF2400 (Tg = 240 °C, 87 mol% dioxole 
content) was purchased from the Chemours Company (Wilmington, US); FC-72 was 
purchased from 3M (Kemi-Intressen, Sweden). Celgard LLC kindly supplied porous 
polypropylene (PP) support (Celgard® 2400, thickness 25 µm, porosity 41%). A certified 
  
N2/CO2 gas cylinder (90 vol% N2, 10 vol% CO2), pure CH4 (grade 3.5), pure N2 (grade 5.0) and 
pure CO2 (grade 5.0) were supplied by AGA Gas (AGA Gas Norge, Oslo, Norway). 
3.2. Absorbent preparation and characterization
The amine aqueous mixtures were prepared by pouring a calibrated amount of amines and 
DI water on a rounded flask. In the case of the amine blends, the molarity of the different 
amines was chosen based on the performance obtained in terms of cyclic capacity and 
regeneration energy requirements, according to literature [15]. The molar concentration of 
the different components for each amine mixture is reported in Table 1. 
The prepared liquid absorbents were investigated in terms of viscosity by using a rheometer 
(Physica MCR100, Anton Paar) with a double gap geometry in a temperature range from 25 
to 80 °C. 
Table 1 – Molar fraction (x) of the amine blends used in the study as liquid absorbents.
x
H2O
 x
MEA
x
MAPA
x
DEEA
x
DEAPD
x
HEPP
30% MEA 0.89 0.11 - - - -
3D3M 0.74 - 0.13 0.13 - -
3DEAPD2M 0.80 - 0.08 - 0.12 -
3HEPP2M 0.83 - 0.07 - - 0.10
3.3. Membrane preparation
AF2400 flat-sheet samples were prepared as both self-standing films and thin composite 
membranes and were investigated by means of gas permeation and membrane contactor 
tests. The choice of AF2400 was dictated by its superior stability towards amines, as 
demonstrated in literature [18]. The self-supported AF2400 samples were prepared via 
solvent evaporation method by dropping a calibrated amount of solution (1 wt% of polymer 
  
in FC-72) on a round petri dish. For gas separation tests, membrane with different thickness 
have been prepared. The thin composite membrane was fabricated by dip-coating 
technique. The porous PP membrane sheet was attached on a flat glass using an aluminum 
tape, immerged in a glass container filled with 1 wt% AF2400 solution in FC-72 and allowed 
to rest in a vertical position. The procedure was repeated two consecutive times, flipping 
the coating glass of 180° to ensure a homogenous coating layer. Both types of membrane 
were cured at 90 °C under vacuum conditions for 24h in order to completely remove the 
solvent. In the case of the self-standing films, the thickness was determined using a 
micrometer (Mituyoto Digimatic Indicator ID-H). For the thin composite membrane, the 
morphology was analyzed by means of a Scanning Electron Microscope (TM3030 tabletop 
microscope, Hitachi High Technologies America, Inc.). Figure 1 shows an SEM image of the 
prepared membrane. Different membranes have been prepared for gas permeation and 
membrane contactor tests, but the thickness of the dense coating layer has been found to 
be reproducible and corresponding to 1.7 ± 0.3 µm.
Figure 1 – Cross sectional image of the thin composite membrane, with the AF2400 coating (white layer) 
on the top of the porous support (light gray layer).
  
3.4. Gas permeation and membrane contactor tests
The gas transport properties of the fabricated membranes have been investigated by means 
of gas permeation experiments performed using a mixed gas permeation equipment [36]. 
Details of the apparatus and of the experimental conditions have been reported elsewhere 
[19]. In this study, a membrane cell with a permeating area of 2.2 cm2 was used. 
Furthermore, the flow rates were set to 400 and 100 ml/min for the feed and sweep gas 
respectively. The sweep flow rate allowed to maintain a stage-cut below 4%. A calibrated 
gas mixture (CO2/N2 10/90 v/v) was used as feed gas, whereas CH4 was used as the sweep 
gas. Feed stream with different CO2 concentrations were obtained by mixing the CO2/N2 
mixture with pure CO2 by means of mass flow controllers and GC analysis. The pressures 
were kept constant at 1.4 bar for the feed side and at 1.05 bar the sweep side. 
To study the capture performance of the different absorbents, membrane contactor tests 
were performed using the rig reported in Figure 2. A similar version was previously reported 
[37]. The membrane was placed in the sample holder (Fig. S1, Supporting Information), with 
the dense layer placed upwards and contacting the liquid phase. The interface area is 27.8 
cm2. The gas and liquid phase were flown counter currently. The feed gas mixture is created 
by controlled mixing of pure gases through mass flow controllers (El-Flow series, 
Bronkhorst, The Netherlands). The CO2 concentration in the gas phase is detected by means 
of an IR-based gas analyzer (RosemountTM X-Stream Emerson, Germany) and the gas flow 
rate is measured by means of a bubble flow meter placed downstream to it. To protect the 
CO2 analyzer from amines or water vapors, an acid trap (0.1 M H2SO4) and a condenser are 
placed on the gas line (Fig. 2). The output gas line exiting the oven (until the acid trap) was 
permanently heated up to 70 °C to prevent possible condensation in the tube when the 
system was operated a temperature higher than room temperature. 
  
Figure 2 – Membrane contactor rig (1: liquid pump; 2: heating coil; 3: mass flow controllers; 4: membrane 
module; 5: back pressure regulator; 6: acid trap; 7: condenser; 8: CO2 analyzer; 9: bubble flow meter; 10: 
heated cabinet; PI: pressure sensor; TI: temperature sensor).
Initially, a feed gas with a certain CO2 concentration was created and the gas composition 
was measured by bypassing the membrane module. Simultaneously, the liquid is pumped 
through the membrane module using a magnetic gear pump (GA Series, Micropump, 
Labinett AB, Sweden). To start the experiment, the gaseous stream was sent to the 
membrane module, while monitoring the CO2 concentration over time. Within a few 
minutes the steady state conditions (i.e., constant CO2 concentration profile in the gas 
phase) were achieved, and the CO2 flux per unit area ( , mol m-2 s-1) was calculated 𝑁𝐶𝑂2
according to Equation 1:
(1)𝑁𝐶𝑂2 = (𝑌𝐶𝑂2,𝑖𝑛 ‒ 𝑌𝐶𝑂2,𝑜𝑢𝑡) ∙ 𝐺𝐴 = 𝐾𝑜𝑣,𝑒𝑥𝑝 ∙ ∆𝐶𝐶𝑂2, 𝐿𝑀
where and  are the molar ratio of CO2 in the inlet and outlet of the 𝑌𝐶𝑂2,𝑖𝑛 𝑌𝐶𝑂2,𝑜𝑢𝑡
membrane cell, respectively,  is the gas flow rate (mol/s), and  is the permeating area 𝐺 𝐴
  
(m2). The mass transfer coefficient ( ) can be then calculated according to:𝐾𝑒𝑥𝑝
(2)𝐾𝑜𝑣,𝑒𝑥𝑝 = 𝑁𝐶𝑂2 ∆𝐶𝐶𝑂2, 𝐿𝑀
where   is the logarithmic mean of the CO2 concentration difference between the  ∆𝐶𝐶𝑂2, 𝐿𝑀
inlet and the outlet of the membrane module. 
The flow rates were investigated ranged from 250 to 350 ml/min and from 50 to 100 ml/min 
for the gas and the liquid phase, respectively. For both liquid and gas sides, the pressure is 
regulated by backpressure regulators. Both the gas and liquid pressures were kept slightly 
over the atmospheric pressure, at a value of about 1.1 to 1.2 bar. All the process parameters 
are logged using an in-house designed LabView interface. The CO2 loading was measured by 
Total Inorganic Carbon (TIC) analyzer. During all experiments, the CO2 loading of the 
absorbent is maintained below 0.1 mol/molamine-group, so that the CO2 partial pressure in 
equilibrium with the liquid phase was below 0.5 kPa (i.e., the CO2 driving force is maximized 
and negligibly affected). 
3. Modelling
In a membrane contactor, the CO2 mass transfer can be described using the resistance in 
series model, which distinguishes between each contribution from the different phases (gas, 
membrane and liquid phase) to the overall resistance [20]. The overall mass transfer 
coefficient ) is described as: (𝐾𝑜𝑣
(3)
1
𝐾𝑜𝑣
= 1𝑘𝑔 + 1𝑘𝑚 + 1𝑚 𝐸 𝑘𝑙
where ,  and  are the gas, the membrane and the liquid mass transfer coefficient, 𝑘𝑔 𝑘𝑚 𝑘𝑙
respectively,  is the partitioning coefficient and  is the enhancement factor associated to 𝑚 𝐸
the chemical reaction. 
The mass transfer coefficient of the membrane phase is described as the contribution of the 
  
porous support ( ) and of the dense layer ( ) according to the following formulation:𝑘𝑝𝑠 𝑘𝑑𝑙
(4)
1
𝑘𝑚
= 1𝑘𝑝𝑠 + 1𝑘𝑑𝑙 =  𝛿𝑝𝑠 𝜏𝐷𝐶𝑂2,𝑔 𝜀 + 𝛿𝑑𝑙 𝑣𝑚𝑃 𝑅 𝑇
where  and  are the thickness of the porous support and of the dense layer, 𝛿𝑝𝑠 𝛿𝑑𝑙
respectively,  and  are the tortuosity and the porosity of the porous support,  is the 𝜏 𝜀 𝑣𝑚
molar volume,  is the CO2 permeability of the dense layer,  is the gas constant and  is 𝑃 𝑅 𝑇
the operating temperature. The tortuosity is calculated as function of the porosity [38], 
according to the following equation:
(5)𝜏 = (2 ‒ 𝜀)2𝜀
Further details about the modelling are reported in the Appendix.
4. Results and discussion
3.1. Characterization of the absorbents' viscosity
Figure 3 displays the viscosity of the unloaded amine-based absorbents used in the present 
study as a function of temperature. As expected, the increase of temperature determined a 
drop in viscosity for all the absorbents. In the case of the MEA-based solvent, the value 
ranged between 2.9 and 0.9 mPa·s, in line with literature data in the entire T range 
investigated (as shown by the black line in Fig. 3). However, due to the larger amine 
concentration and the amine nature, the three third generation solvents showed higher 
viscosity, 6 to 9 times larger than the one obtained for 30% MEA. The increase of the 
operating temperature determined a sharper viscosity decrease for the amine blends, but 
differences of about three folds were still observed in the high temperature range compared to 
the benchmark. 
  
Figure 3 – Viscosity of unloaded liquid absorbents as a function of temperature. Literature data for 30 wt% 
MEA are obtained from Zhang et al [39]. 
3.2. Permeation properties of the membrane
Gas permeation properties of the thin composite membrane used in the membrane contactor 
were tested to provide data for the modelling analysis. As shown in Figure 4, the CO2 
permeability obtained for the selective layer of the thin composite membrane is different 
from the one observed for its thick self-standing counterpart. For the thick self-standing 
membrane at room temperature, the CO2 permeability was found to be slightly above 4000 
Barrer, and the increase of temperature determined a drop to 3300 and 2500 Barrer at 40 and 
60 °C, respectively. On the contrary, for the composite membrane with a porous support, the 
CO2 permeability of the thin AF2400 layer appears to be significantly lower: a value of only 
about 2000 Barrer was obtained at room temperature. The increase of the operating 
temperature has also resulted in a drop in the CO2 permeability value (1680 and 1350 Barrer 
at 40 and 60 °C, respectively), similar to the thick membrane, although the slope appeared to 
be slightly reduced. By using the Arrhenius correlation, the activation energy of permeation 
increased from -12 to -8.8 kJ/mol. 
  
A possible explanation can be associated to the influence of the porous support. Therefore, 
Eq. 4 has been used to calculate the influence of the porous support on the gas permeation 
through the membrane and the dotted line reported in Figure 4 shows the results. Despite the 
porous support is characterized by low porosity (ε = 41%), a very limited effect on the 
membrane performance is observed. For this reason, a series of self-standing membranes 
(thickness ranging from 5 to 43 µm) has been prepared and tested at room temperature 
conditions. The results are reported in Figure 5, where the permeability value is normalized 
using the one reported for the self-standing membrane (Fig. 4). The empty square 
differentiates the thin composite membrane (AF2400 selective layer coated on porous 
polypropylene) from the self-standing ones.
Figure 4 – CO2 permeability of self-standing (SSM, 43 µm) and thin composite (TCM, 1.7 µm coating on 
porous PP) AF2400 membranes at different operating temperature. The dotted line shows the effect of the 
porous layer on the performance of SSM according to Eq. 4.
  
Figure 5 – Effect of membrane thickness of the CO2 permeability of AF2400 membranes measured at room 
temperature. 
For samples thicker than 30 µm, a CO2 permeability value slightly above 4000 Barrer was 
observed, whereas for thicknesses below 15 µm the value appeared to be halved. Although 
the standard deviation associated to the membrane thickness generated relatively large error 
bars, different CO2 permeabilities are clearly shown for thin and thick membrane.  As 
previously mentioned, the stage cut was maintained below 4% for all the tests, limiting any 
influence of concentration polarization in the permeate side. A similar effect of thickness on 
CO2 permeability has been already reported in literature for PDMS membranes [40], which 
similarly to AF2400 are characterized by high free volume. The observed effect may be 
attributed to surface phenomena affecting the matrix free volume, which become more 
dominant for thin samples compared to the bulk behavior of thick films. 
3.3. Mass transfer coefficient in membrane contactor 
4.3.1 Effect of operating temperature
Membrane contactor tests were performed in a temperature range typical for the 
absorption step (20 to 60 °C). Both self-standing and thin composite membranes with 
different selective layer thickness were employed in the membrane contactors for tests to 
  
assess the impact of the membrane and the liquid phase on the overall CO2 transport. In the 
first case, at room temperature, the mass transfer coefficient was found to be around 2 × 
10-4 m/s and the performance appears to be limitedly influenced by the nature of the 
absorbent (Figure 6). By increasing the operating temperature, a decrease of the overall 
mass transfer coefficient was observed (1.6 × 10-4 and 1.3 × 10-4 m/s at 40 and 60 °C, 
respectively). As it is a thick self-standing membrane (~10 µm in thickness), it is reasonable 
to assume that the membrane phase dominates the resistance of the system. The negative 
activation energy of the permeation and the negligible effect of the nature of the absorbent 
clearly support this assumption. 
When the thin composite membrane was used, the performances of the membrane 
contactor notably increased, but to a different extent depending on the type of the 
absorbents. In the case of 30 wt% MEA, a high mass transfer coefficient of 7.6 × 10-4 m/s 
was achieved at room temperature. By increasing the operating temperature from 40 to 
60 °C, the mass transfer coefficient dropped from 6.3 × 10-4 to 5.1 × 10-4 m/s. Typically, the 
mass transfer in the liquid absorbent is expected to increase with temperature, therefore 
the performance drop at higher temperature observed in our test suggests that the 
membrane phase dominates the mass transfer. Comparison of the obtained results with 
literature showed that the values measured in the present study are in the same order of 
magnitude of the mass transfer coefficients previously reported for porous membrane 
contactors using similar MEA-based solvents [41]. Unfortunately, a direct comparison is not 
possible since 30 wt% MEA was reported to easily wet porous polypropylene [42]. 
When the amine blends were used, different trends were observed. At room temperature, 
the mass transfer coefficient appeared to be close to the performance obtained with the 
thick self-standing membrane, and it increased along with the operating temperature. In 
  
addition, the performance appeared to be related to the absorbent viscosity: 3DEAPD2M, 
which had the highest viscosity (Fig. 3) among the three amine blends investigated in this 
work, showed the lowest mass transfer coefficient. On the other hand, the similar viscosity 
of 3D3M and 3HEPP2M (Fig. 3) resulted in similar values. Differently from the 𝐾𝑜𝑣,𝑒𝑥𝑝
benchmark, the mass transfer coefficient of the amine blends increases along with the 
operating temperature, reaching the performance of the benchmark at 60 °C. A possible 
reason for the observed phenomenon is related to the high viscosity of the amine blends 
compared to the benchmark solvent. Indeed, the convergence of the mass transfer 
coefficient values obtained for 30 wt% MEA and the different amine blends at higher 
temperature is similar to the one observed for the viscosity (Fig. 4). Comparable effects of 
absorbents viscosity on the performance of membrane contactor were observed also in the 
case of porous membrane contactors [43]. According to the results observed, higher 
operating temperatures are preferable when highly viscous solvents are used as liquid 
phase in non-porous membrane contactor systems as can be seen in Figure 6. 
 
Figure 6 – Effect of operating temperature on the overall mass transfer coefficient of thick self-standing (10 µm) 
and thin composite (1.7 µm coating on PP) AF2400 membranes. Operating condition: liquid flow = 50 ml/min; 
gas flow = 250 ml/min; upstream pressure ≈ 1.1 bar; feed composition: 13 vol% CO2 in N2.
  
4.3.2 Effect of CO2 concentration
To fully evaluate the potential of the absorbents in different applications such as post-
combustion CO2 capture from power plant or upgrade of biogas, the CO2 concentration in 
the feed gas was changed from 13 to 50 vol% (balance N2), keeping the overall pressure 
slightly above the atmospheric value. The three different amine blends as well as for the 
benchmark solvent have been used in the tests. Figure 7, 8 and 9 show the results obtained 
for 30% MEA, 3D3M and 3HEPP2M together with 3DEAPD2M, respectively (the CO2 capture 
efficiency calculated from the experimental data is reported in the SI for all the various 
absorbents and operating conditions, Figure S2, S3 and S4). 
In the case of 30 wt% MEA, at room temperature, the mass transfer coefficient is found to 
decrease at higher CO2 concentration (Fig. 7B): the mass transfer reduced from 7.6 × 10-4 
m/s to 2.2 × 10-4 m/s at 50 vol% CO2 (overall 72% decrease). The higher CO2 content in the 
feed gas determined an increase of the transmembrane flux (Fig. 7A) up to 30 vol% CO2, 
followed by a plateau at higher CO2 content. The reason for this could be related to high 
concentration of the CO2 dissolved in the solvent at the membrane interface, reducing the 
availability of free amines at the liquid boundary layer. This indicates that, despite the 
presence of the dense layer coating on the porous support, at high CO2 content in the feed 
gas the main resistance of the system shifted from the membrane phase to the liquid phase. 
The decrease of CO2 mass transfer at higher temperature (reported in Fig. 6) is visible at all 
CO2 concentrations tested as shown in Fig. 7A. The increase of CO2 amount from 10 to 50 
vol% CO2 in the feed gas decreased the mass transfer coefficient by 73% at both 40 and 
60oC.  Furthermore, at all tested temperatures, the CO2 flux reached a plateau at a CO2 
content > 30 vol%. 
Different trends were observed in the case of the amine blends. Figure 8 displays the 
  
performance measured when 3D3M was used as the CO2 absorbent. At room temperature 
conditions, a drop in the mass transfer coefficient was observed at increasing the CO2 
content in the feed gas, but the extent of the variation is lower compare to 30 wt% MEA. By 
increasing the CO2 concentration from 13 to 50 vol%, the mass transfer coefficient 
decreased linearly from 4.2 to 2.3 × 10-4 m/s (Fig. 8B), determining a 45% overall decreased. 
Furthermore, even though a slightly different slope was observed for CO2 content > 30 vol%, 
no clear plateau was identified for the CO2 flux (Fig. 8A) from the gas to the liquid phase, 
which increased monotonically from 6.4 to 17.0 mol/(m2h) within the investigated range of 
feed gas compositions.
Figure 7 – Effect of CO2 concentration in the feed gas on the measured CO2 flux (A) and on the calculated 
overall mass transfer coefficient (B), when 30 wt% MEA is used as liquid phase. Operating conditions: liquid 
flow rate = 50 ml/min; gas flow rate = 250 ml/min; upstream pressure ≈ 1.1 bar.
  
Figure 8 – Effect of CO2 concentration in the feed gas on the measured CO2 flux (A) and on the calculated 
overall mass transfer coefficient (B), when 3D3M is used as liquid phase. Operating conditions: liquid flow rate 
= 50 ml/min; gas flow rate = 250 ml/min; upstream pressure ≈ 1.1 bar.
Similar to the results at 13 vol% CO2, the mass transport increased with temperature at all 
CO2 concentrations as shown in Fig. 8A. The lower liquid viscosity at higher temperature is 
identified as the main reason for the observed trend. At room temperature, the differences 
between the 3D3M absorbent and the benchmark became smaller by increasing the CO2 
content in the feed gas, achieving similar results at 50 vol% CO2 as seen when Fig.7A and Fig. 
8A are compared. Interestingly, at temperature higher than 40 °C and CO2 content > 20 
vol%, the performance of 3D3M appeared to be systematically higher compared to 30 wt% 
MEA. The results proved that at high CO2 content the liquid phase plays a major role in the 
determination of the CO2 transport in the membrane contactor and changes in solvent 
properties like faster kinetics, can lead to higher CO2 capture performance. 
Figure 9 – Effect of CO2 concentration in the feed gas on the measured CO2 flux (A) and on the calculated 
overall mass transfer coefficient (B), when 3HEPP2M or 3DEAPD2M are used as liquid phase. Operating 
conditions: liquid flow rate = 50 ml/min; gas flow rate = 250 ml/min; upstream pressure ≈ 1.1 bar.
Figure 9 shows the results obtained for the other two investigated absorbents, 3HEPP2M 
and 3DEAPD2M. Similar to the previous cases, the mass transfer coefficient decreased at 
higher CO2 content in the feed gas, with 75% drop at 50 vol% CO2 for both absorbents (Fig. 
9B). In terms of flux, a lower performance was observed compared to 3D3M, possibly due to 
  
the higher viscosity: at 13 vol% and room temperature, the measured flux corresponded to 
5.9 and 4.2 mol/(m2h) for 3HEPP2M and 3DEAPD2M, respectively. Furthermore, similar to 
the MEA case, no significant differences were observed between the performance 
measured at 30 and 50 vol% CO2: the flux stabilized at 7.1 and 4.7 mol/(m2h) for 3HEPP2M 
and 3DEAPD2M, respectively. At higher temperature, the trends of the mass transfer 
coefficient and flux are similar to the ones observed at room temperature. However, 
3HEPP2M at 60 °C performed similarly to that of 3D3M. In this case, the mass transfer flux 
increased with increasing CO2 content in the feed gas  reaching a value of 23.2 mol/(m2h) at 
50 vol% CO2. 
4.3.3 Effect of liquid flow
According to the results showed in the previous paragraphs, for the new amine blends the 
mass transfer resistance was found mainly located in the liquid phase, or more precisely, at 
the boundary layer of the liquid phase, the influence of the liquid flow rate was investigated.
As shown in Fig.10, in the case of 30 wt% MEA, the liquid flow rate did not display significant 
differences. Within the investigated temperature range, an increase of the liquid flow rate 
from 50 to 150 ml/min resulted in negligible variation in the mass transfer coefficient. This 
confirms the previous assumption that when 30 wt% MEA is used as liquid phase, the 
membrane is mainly contributing to the mass transfer resistance. 
  
Figure 10 – Effect of liquid flow rate on the overall mass transfer coefficient measured from the 
membrane contactor tests when 30 wt% MEA is used as liquid phase. Operating conditions: CO2 content 
in the feed gas = 13 vol% (balance N2); gas flow rate = 250 ml/min; upstream pressure ≈ 1.1 bar.
Figure 11 shows the performance observed for the new amine blends at room temperature 
and 50 vol% CO2 in the feed gas. The range of the liquid flow rate was limited within 50 and 
100 ml/min to avoid membrane failures (the high viscosity generates a high liquid pressure 
inside the tubes due to the pumping effect, limiting the test of a higher liquid flow rates).  
For all the new absorbents, the mass transfer coefficient slowly increases along with the 
liquid flow rate. In the case of 3D3M, the mass transfer increased from 2.3 to 2.7× 10-4 m/s 
in the investigated range, corresponding to an overall increase of only 16%. Similar trends 
can be observed for 3HEPP2M and 3DEAPD2M. Although at high CO2 content the liquid 
phase is supposed to be the main resistance of the system, the influence of the liquid flow 
rate is surprisingly rather limited, at least within the investigated liquid flow range. Similar 
tests were performed at higher temperature (40 and 60 °C), but the influence of the liquid 
flow rate on the overall mass transfer appeared to be even lower compared to the one 
observed at room temperature (at 40 °C: enhancement between 7 and 20%; at 60 °C: 
enhancement below 5%).
  
Figure 11 – Effect of liquid flow rate on the overall mass transfer coefficient measured from the 
membrane contactor tests using new amine blends. Operating conditions: CO2 content in the feed gas = 
50 vol% (balance N2); temperature ≈ 25 °C, gas flow rate = 250 ml/min; upstream pressure ≈ 1.1 bar.
3.4. Mass transfer modelling
The experimental results are also compared with the  values obtained from the 𝐾𝑜𝑣
resistance in series model (Eq. 3). Figure 12 shows the results obtained for the thin 
composite membrane when 30 wt% MEA was used. As shown in Fig. 12A, the resistance in 
series model offers a good approximation of the experimental values: when the average 
thickness is considered (1.7 µm), deviations below 10 % are observed in the low 
temperature range (T < 40 °C), while a larger error (24%) is detected at 60 °C. Nevertheless, 
the thickness of the dense layer affects the prediction to a notable extent. Varying this value 
within the interval of confidence estimated from the analysis of the SEM analysis (± 0.3 µm), 
the estimated overall mass transfer coefficient changes significantly (dotted lines in Fig. 
13A). Extracting the contribution of each single phase to the overall resistance (Fig. 12B), it 
is clear that the membrane phase has the main share, being almost one order of magnitude 
larger than the gas and the liquid phase. These results again confirm the assumption that 
  
the membrane is the main mass transfer resistance when 30 wt% MEA is used as liquid 
absorbent. 
The good prediction offered by the model also supports the assumption that the mass 
transport in the liquid phase is not limited by the amine concentration at the 
membrane/liquid interface, despite the relatively high CO2 partial pressure (13 kPa) in the 
feed gas. However, the model is not able to describe the decreased mass transfer coefficient 
at higher CO2 concentrations (Fig. 7). Possibly, the higher CO2 driving force consumes the 
amines present at the liquid boundary layer to a faster extent, so that the availability of 
reactive species becomes a limiting factor at the liquid/membrane interface. In addition, the 
assumption of a constant amine concentration at the liquid boundary layer is not valid 
anymore, so that the first order reaction kinetic assumption does not apply for these cases. 
Figure 12 – Comparison of experimental results and modelling prediction (A) and contribution of the 
different phases to the overall mass transfer resistance (B) when 30 wt% MEA is used as liquid absorbent. 
In the case of 3D3M, the model offers similar behavior as that of 30 wt% MEA (Figure 13). 
The model (green line, Fig. 13A) showed a mass transport that decreases with temperature, 
since the membrane remains the main contribution to the overall resistance, as reported in 
Fig. 13B. However, the experimental data showed that more CO2 is absorbed at higher 
temperatures. In this view, the high viscosity characterizing the amine blends at low 
  
temperature can represent a barrier to the availability of new reactive moieties at the 
interface, making the first order reaction kinetics (i.e., the amine concentration at the 
membrane/liquid interface does not limit the mass transfer) not valid anymore.
By means of a 2D model, Comite et al. [44] already showed that the boundary layer at the 
membrane/liquid boundary layer can have a significant influence on the mass transfer 
coefficient of porous membrane contactor. In the present case, to limit the model 
complexity, the effect is accounted by adding an additional term to the overall resistance, so 
that Eq. 3 becomes:
(6)
1
𝐾𝑜𝑣
= 1𝑘𝑔 + 1𝑘𝑚 + 1𝑘𝑙𝑏𝑙 + 1𝑚 𝐸 𝑘𝑙
where  is the mass transfer coefficient of the liquid boundary layer at the membrane 𝑘𝑙𝑏𝑙
interface directly in contact with the dense coating. Assuming a fast reactivity of the solvent, 
this liquid film is characterized by a complete saturation of the CO2 reactive moieties. 
Therefore, CO2 molecules can only be physically absorbed and need to diffuse to the bulk 
liquid to be able to react with basic moieties. The permeability of this boundary layer can be 
described according to the solution diffusion model, as product of the Henry’s constant and 
the diffusion coefficient calculated for the saturated solvent. Hence,  can be calculated 𝑘𝑙𝑏𝑙
as:
(7)
1
𝑘𝑙𝑏𝑙
= 𝛿𝑙𝑏𝑙 𝑣𝑚𝑃𝑙𝑏𝑙 𝑅 𝑇
where  is the thickness.  is the permeability of the liquid boundary layer and can be 𝛿𝑙𝑏𝑙 𝑃𝑙𝑏𝑙
evaluated as follows [45]:
(8)𝑃𝑙𝑏𝑙 = 𝑚  𝐷𝐶𝑂2, 𝑠𝑎𝑡
where is the partitioning coefficient for the physical CO2 absorption estimated from N2O 𝑚 
solubility experiments [6] and  is the diffusion coefficient of CO2 calculated with the 𝐷𝐶𝑂2, 𝑠𝑎𝑡
  
Stokes-Einstein equation (see Appendix) using the liquid absorbent viscosity measured for 
the saturated solvents (Table S1). 
Under these assumptions, the only adjustable parameter is the thickness of the liquid 
boundary layer, and by assuming a 150 nm thick boundary layer in contact with the 
membrane phase, a rather good prediction of the data is obtained (red line, Fig. 13A). The 
effect of this boundary layer is reduced at higher temperature due to the significant 
decrease of viscosity, producing a larger CO2 diffusion coefficient. Analyzing the different 
resistances to the mass transfer (Fig. 13B), it is clear how the contribution of the liquid 
boundary layer is significant in the low temperature range, where the absorbent viscosity is 
quite high. At temperature higher than 40 °C, the membrane phase dominates again the 
mass transport and the model’s prediction becomes similar to the one obtained under the 
assumption of pseudo-first order reaction kinetics. 
Figure 13 – Comparison of experimental results and modelling prediction (A) and contribution of the 
different phases to the overall mass transfer resistance (B) when 3D3M is used as liquid absorbent.
In the case of the other amine blends (i.e., 3HEPP2M and 3DEAPD2M) tested in the present 
investigation, no data are available to allow a modelling analysis of the achieved results. 
However, it is interesting to notice (Table S1) that upon CO2 loading, a similar increase of 
viscosity is observed, possibly explaining the similar trends observed experimentally.
  
Despite its empirical nature, the proposed model interpretation clearly suggests that for 
viscous absorbents the establishment of a liquid boundary layer can significantly affect the 
transport. In particular, the limitation comes apparently from the diffusion of reactive 
species towards the membrane/liquid interface rather than from the CO2 diffusion away 
from the dense coating surface. The appearance of this effect seems to be more severe at 
increasing the solvent viscosity. To accurately predict the experimental data, a more 
complex 2D model should be used to this purpose and it will be considered in our further 
work. 
5. Conclusions
In the present work, the CO2 capture performances of new amine blends, with promising 
features in terms of cyclic capacity and regeneration energy requirements, have been 
investigated in a non-porous membrane contactor setup. 
Despite the higher performance expected at room temperature, the mass transfer 
coefficient measured for the new amine blends in the membrane contactor is found to be 
50% lower compared to the benchmark (30 wt% MEA). The much higher viscosity has been 
identified as the possible cause of the reduced capture performance of the new absorbents. 
An increase in operating temperature to 40 and 60 °C narrowed the differences between 
the mass transfer coefficients of the amine blends and the benchmark, possibly due to the 
sharp reduction in viscosity. Interestingly, for CO2 amounts larger than 20 vol% CO2 and 
temperature higher than ambient conditions, the 3D3M solvent showed systematically 
improved performance compared to the benchmark, highlighting a promising potential for 
capture applications with relatively high CO2 content (e.g., biogas upgrading). 
The resistance in series model is observed to provide a good agreement for the modelling of 
  
the benchmark, but it could not provide a suitable representation in the case of the amine 
blend (3D3M). This is possibly related to the underestimation of the effect of the liquid 
boundary layer. A modified model is proposed, showing that a fast saturation of 140 nm of 
the liquid layer on the top of the dense membrane could be already responsible for the 
lower efficiency observed experimentally at low temperature. 
The present investigation set the base for the optimization of membrane contactor system 
exploiting absorbents with performance closer to the industrial goal. It was clearly shown 
that, at low temperature, the use of absorbents with faster kinetics and higher loading 
capacity did not lead to a higher membrane contactor performance compared to the 
benchmark. However, a promising potential is obtained for more concentrated gaseous 
streams. Future works will focus on development of 2D model to better describe the liquid 
boundary layer and on the assessment of hollow fiber membrane contactor performance. 
Appendix
For the gas side, the mass transfer coefficient reported in Eq. 3 is calculated according to a 
Sherwood number correlation [46], as suggested by other authors for similar configuration 
[47,48]:
(9)𝑘𝑔 = 𝐷𝐶𝑂2,𝑔𝑑ℎ ∙ 0.023 ∙ 𝑅𝑒0.8 ∙ 𝑆𝑐0.33
where  is the CO2 diffusivity in the gas phase (calculated according to Fuller 𝐷𝐶𝑂2,𝑔
correlation [49]),  is the hydraulic diameter and  and  are the Reynolds and Schmidt 𝑑ℎ 𝑅𝑒 𝑆𝑐
numbers, respectively.
Concerning the liquid phase, the mass transfer resistance is estimated assuming a pseudo-
first order reaction kinetics, where the diffusion of the reactive species within the liquid 
layer is not limiting the reaction. Under this assumption, the enhancement factor can be 
  
approximated to the Hatta number [50], and  can be calculated according to intrinsic 𝐸 𝑘𝑙
properties of the liquid absorbents:
(10)𝐸 𝑘𝑙 = 𝐷𝐶𝑂2,𝑎𝑏𝑠𝑘𝑜𝑏𝑠
where  is the CO2 diffusivity in the liquid absorbent and  is the first order rate 𝐷𝐶𝑂2,𝑙 𝑘𝑜𝑏𝑠
constant.  is the CO2 diffusivity in the liquid absorbent and is estimated using a 𝐷𝐶𝑂2,𝑙
modified Stoke-Einstein equation [51]:
(11)𝐷𝐶𝑂2,𝑙 = 𝐷𝐶𝑂2,𝑤(µ𝑤µ𝑙 )0.6
where  is the diffusion coefficient of CO2 in water [51], and  and  are the 𝐷𝐶𝑂2,𝑤 µ𝑤 µ𝑙
viscosities of water and the liquid absorbent, respectively. 
In the case of 30 wt% MEA,  and the partitioning coefficient  are calculated according 𝑘𝑜𝑏𝑠 𝑚
to the data provided by Luo et al. [52]. In the case of DEEA-MAPA blends, literature values 
are reported by Monteiro et al. [6]. However, no data for the exact blend 3D3M is reported. 
Therefore,  and  reported for a 3M DEEA 2M MAPA solution were assumed valid also 𝑘𝑜𝑏𝑠 𝑚
for 3D3M, being the closest approximation of the liquid absorbent used in this work. In the 
case of , this assumption was supported by the fact that a deviation smaller than 5% was  𝑚
observed between the data obtained for 3M DEEA 2M MAPA and 3M DEEA 1M MAPA. For 
the other blends tested no literature data for  and of the partitioning coefficient  was 𝑘𝑜𝑏𝑠 𝑚
found.
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Highlights
 CO2 capture in non-porous membrane contactors using new amine solvents was evaluated.
 Solvent viscosity significantly affects the performance of the system.
 The mass transfer coefficient decreases with at higher CO2 content in the feed gas.
 Liquid flow rate has limited impact on the membrane contactor performance.
 The liquid boundary layer resistance is significant for highly viscous absorbents.
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